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/i Chemical Engineers’ Book Club®
, .‘tn ff Blue Ridge Summit, PA 17294.0805

YES! Please rush me the book(s) indicated below for just $9.97 plus ship-
ping/handling & sales tax. Enroil me as a member of the Chemical
Englineers’ Book Club according to the ferms outiined in this ad. if not
satisfied, | may return the book(s) within 10 days without obligation and my
membership will be cancelled. | agree to purchase just 2 more selections
at regular Club prices during the next 12 months and may resign anytime

thereafter. Code #'s of my books for $9.97
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' Address/Apt.#
City/State
Zip/Phone

Offer valid for new members only, subject to accaptance by CHBC. Canada must remit in U.S.
funds drawn on U.S. banks. Applicants outside the U.S. and Canada will receive special order-
ing i A shippit g charge & sales tax will be added 10 alf orders. ©1993 CHBC
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HYSIM — Comprehenswe szmulatzon ina truly znteractwe environment.

sa process engmeer the demands you face which streams are affected and recalculates them, -
| have never been greater. Whether you are " automatically.

designing a new process, revamping an With over 1500 components, 20 property methods
- existing operation or dealing with regulatory and a comprehensive selection of operations, HYSIM

issues, you must bring together the many has the proven technical capability to allow your skills
aspects of each problem. to be used to their fullest.
HYSIM is integral to the development of solutions. Whether it is applied in the oil, gas, chemicals or
It is unique among process simulators, combining v petrochemmals mdusmes HYSIM has earned thq

intelligent calculation with a truly interactive interface.
No other simulator processes information as you -
supply it. Changing specifications is as simple as
typmg over your input — only HYSIM detenmnes

Avazlable for PC Macznt
HYSIM operates within multi-taski

HYSIM is marketed and supported by 6 offices and 17 representatives woridwide. For further m!onnaﬁon contact; Calgary, Alberta Comorate Headquanels 143m-se1me L
Barcelona, Spam European Headquarters 34-3-447-2852, Houston, Texas 713—780-7087 Wilmington, Detaware 302- 798—3430 Carro Egypt 20-2-. 352 08"4 Slnuapote 55—336-5577

Authorized M g Offices: Midi England, Krimpen, the Netherlands, Tananger, Narway Moscow, Russia. Bratislava, Czechoslovakia, Dhahrm,Samﬁ Arabta Adetalda Aus:lal:a
Buenos Mres, Argentina, Sao Paulo, Brazil, Caracas, Venezuela, Mexieo Menxico, Bogota, bta,Tmpei Ta:wanr Seoul, Korea Bel;ing Gnma Bombay, , Tokyo, ..Lag‘a‘ .

~ ®Macintosh Vi’saremsu‘
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HYPROP/DIPPR Interface

HYPROP Version 1.50 provided an
interface to the Dortmund Data Base,
. which proved immensely useful for
}nportmg pure component information,

~“or locating experimental data-that can
be automatically imported for regres-
sion. The Dortmund Data Base contains
over 13000 sets of VLE data and over
3000 sets of LLE data.

For version 2.10 of HYPROP, avail-
‘able shortly after Version 2.1 of HYSIM,
the software interface to the DIPPR data
base has been completed. This provides
access to over 1400 pure components.
Although many of the components are
identical to those in HYSIM, the DIPPR
data base contain information on
properties not carried with HYSIM's
components, such as: flammability
limits, auto ignition temperatures, and
second virial coefficients. Also, ‘umpera-
ture dependant properties are . ovided
in DIPPR as coefficients of an expres-
sion, for example a fourth order polyno-
mial.

DIPPR is sponsored by the AIChE. All
data is critically evaluated and provides
an excellent pure component reference.

Experimental sources and data accuracy
are provided for every listed physical
property

The Tabular Property Package in
Version 2.1 of HYSIM, when combined
with HYPROP and its link to the DIPPR
data base, will allow you to have the co-
efficients (and the associated equation)
used directly in HYSIM for calculating the
temperature dependant properties.

Additional utilities allow printing of the
data tables, plotting the properties as a
function of temperature (or as a function

Liquid Viscosity
Versus
Temperoture

R

of another property - like Tc versus
molecular weight for a number of compo-
nents) as well as search routines.

TDS Numerica
(212) 245-0044
247-0587 (fax)

For information on the DIPPR data base, contact:

National Institute of
Standards and Technology
{301) 975-2208 or 926-0416 (fax)
attn: Ms. Joan Sauerwein

HYPR ‘ RTERS
(A S D

400, 119 14th St. N.W.

Calgary, Alberta, T2N-1Z6

Phone: 403-283-7710
Hotline: 1-800-661-8696
Telex: 03-821172 CGY
Fax: 403-283-4764
BBS: 403-283-5040
EUROPEANHEADQUARTERS
Hyprotech S.L. ~
Caspe 127 2nd Floor, #4
Barcelona, Spain
Phone: 011-34-3-447-2852
Fax:  011-34-3-447-0174
REGI _OFFICE

Hyprotech Ltd. - Houston
10333 Richmond, Suite 770
Houston, Texas 77042

Phone: 713-780-7087
Hotline: 1-800-475-0011
Fax: 713-780-7028

Hyprotech Lid. - Delaware

Suite 32, 501 Silverside Rd.

Wilmington, Delaware 19809
Phone: 302-798-3430
Fax: 302-792-0777

Hyprotech Ltd. - Cairo Egypt
11, RD #315
P.0. Box 810, New MAADI

Cairo, Egypt
Phone: 011-20-2-352-0824 |

Fax: 011-20-2-352-0289 |

Hyprotech Ltd. - Singapore
111 North Bridge Road,
#11-04/06 Peninsula Plaza,
Singapore 0617
Phone: 011-65-336-6577
Fax: 011-65-339-5291

WORLDWIDE REPRESENTATIVES
London, England

Krimpen a/d [JSSEL, Netherlands
Tananger, Norway

Moscow, Russia

Bratislava, Czechoslovakia
Dhahran, Saudi Arabia

Adelaide, S. Australia

Tokyo, Japan

Taipei, Taiwan

Seoul, South Korea

Beijing, China

Bombay, India

Mexico City, Mexico

Caracas, Venezuela

Buenos Aires, Argentina

Sao Paulo, Brazil

Bogota, Colombia

-




P e e s,

AR et e 2 e xira

A L 1 et e

H

H

You’re faced with a tough engineering problem. Process
changes are required and the cost will be high. You’ve got
some ideas. But to do it right you need a good model of the
process.

Model those ideas with PRO/II®, the most comprehensive
process simulator on the market. It’s powerful, has unlimited
flowsheeting capability and is available on virtually any
hardware platform.

PRO/II gives you the flexibility to accurately model any
process, from a single unit to a complete plant. Whether you’re
a refiner, a petrochemical or chemical producer, PRO/II
provides reliable models, large pure component and mixture
libraries, and comprehensive physical and thermodynamic
methods. It’s the tool you need to evaluate your alternatives

for reducing the production of high priority pollutants. ‘ :
And PRO/II is a proven performer. It’s the simulation software S P . :'
of choice for hundreds of the world’s leading producers and Simulation Sciences Inc. l
manufacturers. For more information on PRO/II and other ‘ ’ T

SimSci*™ products call Michael Rowland or Fred Brannock at
(800) 827-7999 or (714) 579-0412.

- PRO/ is a registered mark of Simulation Sciences Inc. SimSci is a service mark of Simulation Sciences Inc.
“Copyright 1992, Simulation Sciences Inc. All rights reserved.
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MAX.IT’SABOUT TIME.

AspenTech

® YRR O BB R0

Ll

SIMPLE TO LEARN. EASIER TO USE.

THE EVERYDAY PROCESS SIMULATOR FROM ASPENTECH.

MAX has been specifically tailored to put the

power of PC-based process simulation into

every engineer’s daily routine. It’s so simple to
learn, and so fast, you can start getting mean-

ingful results in less than one hour.

ASPENTECH RELIABILITY AND ACCURACY.

MAX delivers answers you can trust. Its core

technology has been proven in millions of
chemical/petrochemical simulations.

FuLLy ComPATIBLE WiTH ASPEN PLUS™
MAX is part of a powerful suite

of ASPEN PLUS technology,

which means you can easily
add simulation capabilities as
you need them.

SURPRISINGLY AFFORDABLE.
When you consider its com-
petitive pricing, extraordi- |
nary simplicity, and family
lineage, you’ll want to meet
MAX right away. Call for a free demo disk
today. Or, write Aspen Technology, Inc.,
251 Vassar St., Cambridge, MA 02139 USA.
Email: <info@aspentec.com> .

Fax: 617/577-0303.

617-577-0311
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Microsoft Word

One click and you’ll agree: DESIGN Il
for Windows is more than a new way to do simulation.
It’s a faster, easier, better way to do your job.

Works the way you do: Microsoft Windows is
revolutionizing the way engineers work. Taking the work
out of your work. Using Windows point-and-click com-
puting, you can intuitively perform the many tasks you
face everyday. Multitask between programs with just one
click. “Cut and paste” data between applications. Run
“number crunching” programs in background mode while
you use your spreadsheet or other programs. And more.

The Windows Simulator: DESIGN II for
Windows is everything you ever wanted in a process
simulator. You get all the benefits of Windows plusa
complete range of thermodynamics, unit operations,

and component data. Just what you would expect from
ChemShare’s 20 plus years of technical excellence. -
Unmatched power, flexibility, and ease of use. All
seamlessly integrated into the Windows environment."

Order your DESIGN II for Windows “Success
Kit” today Now there really is a better way to do your
job. Convince yourself. For a color brochure or to order
your own copy of DESIGN II for Windows, call Theresa
Hackney at 713-267-5625 or write ChemShare Corporation,
P.O. Box 1885, Houston, Texas 77251-1885.

1":} ChemShareé?’ -

Microsoft, the Microsoft logo. and Windows are regi of
DESIGN 1. DESIGN 11 for Windows, The Windows Simulator, and DESIGN It for\decws Success Kitare
service marks of ChemShare Corporation. © Copyright 1991, ChemShare Corporation. All rights reserved.
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CHEMSTATEQN%

Reactive Distillation

Electrolytes

Batch Distillation

Large Recycle Flowsheets ’
Heterogeneous Catalytic Reaction Kinetics
Three-Phase Distillation and Liquid-Liquid

New, Completely Grapmcal lnput and
Output
Interactive Operations Usmg Mouse or
Keyboard
Integrated Calculations Graphics,
Equipment Design and Specification Sheets
On-Line “Coach” To Assnst and Guide =
Program Usage
Runs on a Standard PC
TollFree Hoﬂme Support

INC.

PROCESS SIMULATION

(800)CHEMCAD e (800)243-6223 ¢ (713)954~4100 » FAX (713)954-4009
10375 Richmond Avenue, Suite 1225 « Houston, Texas 77042

© 1993 Chemstations, Inc.
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the valve body. Minor deviations in the height of each
part can greatly affect the critical amount of gasket com-
pression needed to prevent internal leakage between
parts. Too little compression, and leakage ur. Too
much, and a thermal spike can crush gaskets rest
in leakage or in permanent part deformation, potentlaﬂy
causing a sticking action as the valve strokes. Once inter-
nal leakage begins, rapid failure often results. ‘
Parts from sources other than the OEM are typlcally
reverse engineered. Because of this, they can pose one sig-
nificant risk: toleran f_ and dimensions may vary from
y “will fit” into , }
an OEM valve and appear equal to the OEM specifica-  its valves and parts to help yon comply with
tions. However, laboratory testing and evaluations have  1910.119. : o
revealed many dimensions and tolerances well outs1de © No one can reverse-engmeer replacement parts that'
OEM design requirements. meet or exceed OEM specifications. , :
Parts that deviate from OEM spec:ﬁcatmns may s1g- Don’t be misled by non-OEM parts and repair urces
nificantly nnpact process control, and may require labo-  who claim their parts meet or exceed OEM speclﬁcatmns
rious documentatlon to comply Wlth OSHA 1910 119 Instead, ask yourself these questions:
( : eAmI jeopardizing my safety and also the safety of )
Will fit parts as they are ﬁ'equently called,  other employees or the entire plant?
are not new. Nearly all OEMs have to contend with parts e AmI aﬁ’ectmg eqmpment life or the total cost of oper-
manufactured by nonauthorized sources: The: parts whlch - ation? :
are typically sold as equals, may be produced 1 sAm] altermg the original process ﬂow desxgn‘?
shop next door or may be manufactured dlstnbuted * Am I complying with OSHA 1910.119?
worldwide by larger, replacement part operations. In either e Isit worththerisk?
case, keep a few points in mind before considering such parts. These are some hard questaons that need well-thought
¢ The valve manufacturer cannot be responsible for ~ answers before you replaoe ,
improper valve and/or process operatlon if will ﬁt parts v
| LITERATURE CITED

have been used. 1 Process Safe:yumnt of Highly Hazardous Chemicals (29 cm 1910119,
¢ Non-OEM parts may cause a s1gmflcant process * Quality Assurance, 29 CFR 1910.119GX6)iil).

Multicomponent Separation Processes

PC software for accurate dlstﬂlatlon
simulations plus a 1300—com
database—for less than $1000! You
‘won't find a better program for the
price. And with our 30- day money-back

guarantee, you can't lose Order today!
| *$1140 outside US. & Can.  j_;‘; o Onder#s3l

—  FoOr . ' :

your Gulf Publishing Company /i - Customer Service \ Customer Service

@ rree WRITE! pepscc, po.Boxzss ~ CALL!  izsoogaas FAXD  grajs2044ae
F 1. ¥ demo: . Houston, Texas 77252-2608 ' .
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MULTICOMPONENT DISTILLATION
Introduction

The fundamental relationships — heat balances, mass balances, and equilibrium
relationships — are used to analyze and solve multicomponent distillation problems.

The primary problem is computational — developing mathematical approaches and
calculation procedures to apply these relationships in designing fractionators.

Most questions regarding multicomponent distillation can be answered with adequate
accuracy by various "shortcut”, approximate design methods. Preliminary design
investigations, many economic studies, feasibility of using an existing fractionation
system, etc., fall into this category. The bulk of our discussion will be on such methods.
Rigorous, exact methods are only necessary in a final design mode.

In the general case, exact solutions are obtained through two mathematical
approaches, both of which are trial-and—error.

Simultaneous Equations Approach

Appropriate equations describing the fundamental relationships are written for
each tray.. Since such equations are non-linear complex functions, initial
assumptions must be made concerning temperature profile, composition profile,
etc., before such set of equations can be solved (by numerical methods). The
solution then is the basis for the next estimated profiles upon which the next
solution to the equations is obtained. This trial-and—error process is continued
until convergence criteria of heat balance, mass balance, composition change,
etc., tolerances are met. This approach is popular where large digital
computers are available, but is not practical for hand calculations or simple
computers.

June 14,1994 UoPrP Page 1



Tray-to—Tray Calculation Approach

In this approach, a composition is assumed for a theoretical tray in a column.
The next tray's parameters either up or down from that tray are determined by
applying the fundamental relationships. The process is continued with trays
being calculated and recalculated including the originally assumed tray or trays
until the convergence criteria are met. Again, a completely rigorous solution is
only possible utilizing large digital computers.

However, with simplifying assumptions, this approach can be adapted to hand
calculation or simple computers/programmable calculators; this approach will
be discussed in depth.

For exact solutions, column pressure, reflux, theoretical trays in each column
section and criteria of component separations are specified. If a change in any
of these parameters is desired, the entire trial-and—error solution must be
repeated. For multicomponent distillation, the direct determination of required
trays (for a chosen reflux rate) is not possible in the general case as is possible
in binary distillation via the McCabe~Thiele diagram approach.

It is helpful in multicomponent distillation to designate two components in the feed as
key components. There are usually components whose recoveries are specified in
advance and are thought of as the components between which the "split" or "cut" is
made. That is, all components lighter than the light key appear mostly in the overhead
and all components heavier than the heavy key appear mostly in the bottoms. The key
components need not be adjacent in terms of order of relative volatility. If there are
components between key components, they are usually called distributed
components.

Our discussion will be limited to simple fractioinators — one feed and two products.

Many approximate design methods are available. The simplified Kremser approach
as applied to absorbers and strippers is a popular method and will be discussed.

W

June 7, 1994 uoP Page 2

P



Minimum Reflux and Trays

A very simple method of estimating minimum reflux is to treat the keys as binary and

use techniques developed for binary distillation. For a minimum reflux value which is
conservative, one can assume the entire feed consists of the keys (x;x +xyx =1.0).

More accurately, the minimum reflux ratio is related to the mol fraction in the feed of the
selected keys. For example, with a bubble point feed, the minimum reflux is:

All cases (high limit):

B ___1_ _x_Q__a(1—xD) E
fr(;-lo),mfﬁ Ca-1 [XF . XF]

Mol fractions relative to key components
All cases (low limit):

Same as above times (Xy + Xpk ) pissinate
Perfect separation (high limit):

(L/F )min =

1
a-1
Perfect separation (low limit):

/ (L/F)min = a_1(xlk + Xpk )Feed
The most popular, more exact method for multicomponent minimum reflux estimation

is that developed by Underwood. This method does assume constant molal overflow
and constant relative volatility.

June 7, 1994 UoP Page 3



Underwood Equations Summary:

i(aixi);: —1
i1 % — 9

B s s S 5 T

"(aixi)o (L]
Mo | = 1
iéai—ﬂb D min+

-q

= Underwood Parameter
Relative Volatility

= Mol Fraction

= Feed Thermal Condition

O %x R ©
i

G_';) = Minimum Molal Ratio of Internal Reflux to Distillate Product
min

Subscripts:

i Any Component
F = Feed
D Distillate Product

In the general case, there are i possible values (roots) of ¢; and to begin with, the mol

fractions of all components in the distillate product are not known. The general
solution involves solving sets of simultaneous equations to determine which root of ¢

gives real values for the distillate compositions. This requires computer aid.

Where there are no distributed components, the correct root (¢) is between the relative
volatility of the key components enabling a relatively easy solution.

To estimate minimum trays, the Fenske equation as applied to the chosen keys can be
used.

June 7, 1994 T UOP T “Page 4
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Design Parameters

Column Material Balance

With f

eed and product specifications known (determined by customer and

process constraints), the composition and quantity of products can be
estimated. Readjustment due to results of fractionation calculations is not
usually justified.

Considerations in Determining Operating Pressure

Since

alpha's for hydrocarbons increase with decreasing pressure, the lowest

pressure gives the lowest utilities. Optimum pressure is considered to be the

lowest

pressure obtainable for a reasonable temperature difference between

process (overhead product bubble point, or receiver temperature) and
conventional cooling sources (air or water).

Exceptions to the practice of using lowest possible pressure are:

Vacuum columns are usually only employed where a temperature
degradation problem exists. Disadvantages of vacuum operation are low
tray efficiency and low turndown, high capital cost due to large diameter
column and piping which results from low vapor density and process
oxygen contamination possibility. ‘

Routing of gas product to destination without compression.

Minimizing loss of valuable components in gas products sent to fuel gas
or disposal.

Increasing pressure to where the temperature increase allows column
heat removal via external exchangé against process or utility streams
can have an attractive payout. Total column heat input increases and
capital costs are usually significantly higher.

I

June 7, 1994
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Design Reflux and Trays

As in binary distillation, an operating reflux must be selected. In setting design
reflux rates, flexibility and accommodations for future column feed changes in
rate and composition should be considered. Design for a reflux rate higher than
optimal is often prudent as the incremental increase in capital costs is minimal.
The Gilliland relation can also be used for multicomponent distillation to
estimate the theoretical trays for design reflux rate.

Component Distribution

To complete an estimated column material balance, to start a tray-to-tray calculation
or to simplify a minimum reflux calculation, a procedure to estimate the distribution of
all feed components into the column products is needed.

A simplification which is often made is to put all of the components lighter than the light
key in the overhead and all of the components heavier than the heavy key in the
bottoms. This obviously will not give a rigorous result, but usually gives a good
enough answer if those components have an far removed from the key components.

Where this simplification is not possible, a method based on the Fenske equation can
be used. This procedure is to apply the Fenske equation to the key components to
determine minimum trays, then apply it to one key and each of the other components
one at a time using the number of trays calculated from the key components and the o
between the one key and the component in question.

This method assumes that the distribution of components between distillate and
bottoms is the same at finite reflux ratio as at infinite reflux ratio. Not a bad
assumption.

,.
|

June 7, 1994 UoP Page 6




lllustrative example:

Nomenclature:
F = Feed
D = Distillate
B = Bottoms
X = Mols (Or Mols/H) of Any Component
Ik = Light Key Component

hk = Heavy Key Component

| = Component Lighter Than Heavy Key
r = Ratio of Component Distribution in Distillate or Bottoms Relative
to Some Reference Component — Usually the Heavy Key
R = Ratio of Distillate Distribution to Bottoms Distribution
o = Relative Volatility

n = Minimum Trays (Fenske)
In = Logarithm

Fenske Equation fbr minimum trays:
n=in(rp/rg)/in o
Using rand o relative to the heavy key (a =1.0):
Ip = Xyp/Xup andrg = Xypg[Xps
For any component ()} lighter than the heavy key component:

rp = Xip/Xwup and rig = Xig/Xps

b e ——————— o ——
June 14, 1994 uoP Page 7



To solve forany Xp:

Let:
Ry=rp/rg
f=Xo Xua
tho X
RiXnoXis = XipX s

Since:

X =XFg—Xp
Then:

Ry Xnio (Xie = Xip) = XipX ks
RiXpp XiF — B Xpp Xip = XipXpkp
Xip(Xpkg + BiXpp ) = RiXnkp Xie

RiXup X
Xrkg + R Xpep

Xpp =

For small values at X5:
Xig = Xip X ks [ Xnka + RiXnkp ]

Given a feed of components A through H with a limit of 3.0 mol/h of C in the bottoms
and 0.1 mol/h of N in the distillate:

June 14, 1994 uoP Page 8



1 2 3 4 5 6 7 8
Ina Xp
0.501
g 0.399

L= 0.368
[0.172
} 0.131

——NY

84.0
- 86.8

. _0.000

S

Ig.

I'D/I'B = 34604
In rD/rB =10.452

For this specified degree of fractionation, calculate the miniptium trays from the Fenske
Equation.

n=in(rp/rg)/in

This value for n, once fixed by the distribution of components C and N, the light and
heavy keys, will be the same for all components with respect to the established feed

composition, F. L
Dis € /7'/@ ) Rl r
Thus:

n=In 34604/ 1.490
=10.452/0.399

=26.2 trays

June 14, 1994 UOP Page 9



Now all the other values in Column 4 can be calculated by multiplying each value in
Column 3 (/n a) by 26.2 (n).

Having the values of Column 4, the values of Column 5 are readily obtained, and from
the rp/rg ratio, values for X;p can be calculated from the equation derived above.

Alternative Method (more suitable for Graphical Solution):

In(X,D/X,B) =nina I+In(thD/th3)
Determine (X;p/Xg) by graph or equation

Then:
Xig = Xe[1+ Xip/ X 5]

Xp=Xe—X or for small X;p

InXyp/Xppp) In @
N

T

™ In (pgp/Xiup)

In Xp/Xp)

In (!I
EDS-R00-2501
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Tray-to-Tray Calculation

The calculation can be started at each end of the column and worked toward the feed
tray. It is also possible to start at either the top or bottom and work all the way through
the column, but this technique is usually more difficult. Plate-to—plate calculations are
seldom started at the feed tray because no simple relationship exists between feed
tray composition and feed composition.

The method will consist of calculating the liquid compositions on each tray in the top
section of the column by running the dew points on the vapor leaving the tray, starting
from the distillate. The vapor composition rising from each tray is, in turn, obtained by
material balance on the top section envelope. To get the vapor composition on each
tray in the bottom section, bubble points are run on the liquids leaving each tray. In
like manner, the liquid composition is calculated from the bottom section envelope as
shown. Making these material balances, without writing heat balances, is only
possible if constant internal reflux can be assumed, otherwise it is necessary to make
heat balances on each tray as well.

We will limit this discussion to the technique of starting at both ends and working
toward the feed tray. The feed tray is reached when the feed is added to a tray and the
compositions of the vapor and liquid entering and leaving the feed tray match the
compositions calculated from both ends of the column. In addition, the heat balance
around the feed tray must close.

To converge mathematically to a feed plate maich, all components' concentrations
must be determined in the feed and bottoms even though those concentrations may be
ridiculously small. Now we see why a rigorous plate-to—plate calculation gets the
name tedious. Many trials are needed to correct the guessed overhead and bottoms
compositions.

A simplification that makes a hand calculation solution possible is to assume the feed
tray liquid key component ratio is the same as the key component ratio in the feed.
This means we calculate down the column from the top until the key ratio is the same
as in the feed, then calculate up from the bottom until the key ratio again is the same

June 7, 1994 UoP Page 11



as in the feed. Thus, the number of theoretical trays in the top and bottom section of
the column can be determined.

This assumption of feed plate match criteria comes from binary distillation where, for a
bubble point feed, the optimal feed tray is that tray having the same liquid composition
as the feed.

Figure 1 is a sketch of a typical simple fractionator, and the following pages outline the
tray-to—tray calculation procedure.
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Figure 1

Distillation Column Nomenclature
fHihe D

— / "
Gas, Vg
HET Gas
1L
et v
v, l .
a2 T 2z External Reflux, Ly Distillate, D
i CE “V‘Lo}
i,
O
L S
] Va = lar = Vs 5 7op au
e 1 m"ml ipriee
i
Feed, F=—>, < Feed Tray
O »
X Z—h’l/f[—/ =8 ; BrM trpss
ce2 Bilk e =
‘ vnl {
Ly T4 € £
PLEE lz v, (FrRopr Ga714)
__n__ L t
' ]_Kettle Reboiler r_Q'

vt
=t

l Bottoms, B
(Lo)

A 4

EDS-R00-2502

Nomenclature:

V = Vapor Rate, Mols/h Qc = Condenser Heat Duty

L = Liquid Rate, Mols/h Qr = Reboiler Heat Duty

F = Feed Rate, Mols/h H = Molal Enthalpy

D Distillate Rate, Mois/h m = Tray Number, Above Feed

B = Bottoms Rate, Mols/h n = Tray Number, Below Feed

Ly = External Reflux Rate, Mols/h
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Constant Molal Overflow Procedure

To calculate trays in top section, calculate the dew point of vapor leaving each tray.
This gives composition of liquid leaving tray. To get vapor entering tray, use material
balance.

Vet =Ln+D+V, (Referto Figure 1)

To calculate trays in bottom section, calculate the bubble point of liquid leaving each
tray. This gives composition of vapor leaving tray. To get liquid entering tray, use
material balance.

L,;=V,+B (Referto Figure1)

B
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Procedure with Heat Balance

Where constant molal overflow is not assumed, heat balance must also be done.

Liquid Composition Known:

4. Estimate a liquid rate
4. Find vapor rate by material balance

Top Section
Qc c.
v, j, D
1‘ L d
\./o
EDS-R00-2503

Vapor Composition Known:

a4
Bottom Section
>
C.
I
L, } Q
d.
>B
EDS-R00-2504
e.

V2 = L1 +D+Vo(ifany)

Calculate dew point on vapor and find vapor
enthalpy.

. Check heat balance:

L1HL1 +DHD +QC = VZHV2

. Repeat above steps until a satisfactory heat

balance is obtained. Note vapor dew point
calculation gives liquid composition to next
tray down.

Estimate a vapor rate.
Find liquid rate by material balance.

L,=Vg+B
Calculate bubble point on liquid and find
liquid enthalpy.
Check heat balance:
VBHVB +BHB = LnHLn +QR
Repeat above steps until a satisfactory heat
balance is obtained. Note liquid bubble point

calculation gives vapor composition to next
tray up.

June 7, 1994
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External/Internal Reflux Relationships

Envelope

EDS-R00-2505
Internal reflux material and heat balance:
R
Lo+Vo=V;+L Hiasg

LOHLo +V2HV2 =V1HV1 +L1HL1 Héj .
R He.

Additional Material Balances: Bblasyess
R
Vi=L,+D
V2 = L1 +D
if Hy, = Hy,, it may be shown that:
£
L = Lo(Hy, ~H, )
(HV, ~Hj, )

fiee— Latert fret /rl\ PAE G oA

Note: the denominator can be considered a latent heat.
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Example Problem - Tray-to-Tray Calculation

Example problem: a Deethanizer.

The overhead condenser will be refrigerated and the overhead product will be a vapor
with no liquid product. The overhead receiver temperature will be 0°F and its
pressure will be 300 psig. The following assumptions will be made:

Constant molal internal reflux.

All methane and lighter will be in the overhead; all butane and heavier will be in
the bottom.

Key components are C, and Ca.
No liquid phase non—ideality and Hz does not affect vapor phase fugacity.

Constant pressure on all trays.
) v
L AT

We want only 1.0 mol/h C; in bottoms and only enough Cs in overhead to make reflux.
Design column for external reflux of 275.3 mol/h.

The sketch of the simple fractionator as shown in Figure 1 applies to this problem.

Net Overhead

Vapor Feed | Liquid Feed Total Feed (As Gas) Bottoms
molt/h mol/h mol/h mol/h mol/h

Hp 13.1 1.1 14.2 14.2

Cy 7.4 5.0 12.4 12.4
Lkl G 7.0 24.1 31.1 30.1 1.0
wel Cs 13.1 104.4 117.5 4.1 113.4
iC4 2.0 42.9 44.9 44.9
nCq4 1.9 67.6 69.5 69.5
iCs 0.4 50.5 50.9 50.9
nCs 0.2 32.2 32.4 32.4
iCs 0.1 9.7 9.8 9.8
45.2 3375 382.7 60.8 321.9
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/4 Ssorn £ Ao /éﬂﬁféw (@‘Wfﬁxevﬁ/
present”

v

At 300 psig and 0°F, calculate the amount of Cz required in the overhead vapor
product in order to get liquid reflux.

Y Vapor Ke 3:5 psia Vapor External Reflux

mol/h 0°F Y/K mol/h Y/K

Ho 14.2 74.5 0.2 14.2 0.2
Ci 12.4 4.0 3.1 12.4 3.1
C. 30.1 0.79 38.1 30.1 38.1
Cs v Z 0.21 Y/0.21 4.1 19.4
/ 56.7+Z 41.4 + 2/0.21 60.8 60.8

un brow 7

56.7+Z =41.4+2/0.21

Z=4.1

Calculation of top tray temperature and composition of internal reflux leaving first tray.
Try 60 °F.
i e

Net Overhead | Reflux K @ 315 psia
Vg Lo Vi=Vo +Lg 60°F V{/K
Hz 14.2 0.9 15.1 63.9 0.2
Cy 12.4 14.0 26.4 5.50 4.8
Cz 30.1 172.6 202.7 1.317 153.9
Cs 4.1 87.8 91.9 0.486 189.1
60.8 275.3 336.1 348.0

Close enough

‘June 7, 1994 uoP Page 18



Internal Reflux

Assume V,

=Vy; with V¢ and L, compositions known along with their temperatures,

the molal enthalpies can be determined. Thus,r internal reflux can be computed.
Vi w40

EaHALPIES

R ut 0°F

L
402.00

Lot b0 e ryogihing A
Assuming constant internal reflux, draw a sketch for the column flow rates.

o @ pse 4bh
Aot~ ¥ 4 S

336.1 vt
Corfn <
"€ £, d
(owsbiony 608, \/, 0. A of
wolav pvenflow  1ekts TN
2753 =R
an vl T
462.8 402.0
452 T
Nt
> r~ g
3375 l ’
Vo T\
739.5 417.6
> R
3219
EDS-R00-2506
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Example of tray-to—tray calculation:

Deethanizer, constant internal reflux.

Top section, L =402.0,V =462.8

Net
Overhead | External K K
Gas Reflux |Vg+Lo |315 psia Vo +L; |315 psia
Vo Lo =V 60°F V4/K L4 =V, 90°F |Vo/K
Hz 14.2 0.9 15.1 63.9 0.2 0.2 14.4 59.2 0.2
G 12.4 14.1 26.5 5.5 4.8 5.5 17.9 6.75 2.6
C 30.1 172.5 202.6 1.32 |153.9 | 177.8 207.9 1.52 |137.0
C3 4.1 87.8 91.9 0.486 |189.1 | 218.5 222.6 0.65 |342.5
60.8 275.3 336.1 348.0 | 402.0 | 462.8 482.3
Ly =(402/348.0)(V4/K) Close
Co/C3 7.34 1.96 0.815 enough
K K
Vo+ L, |315 psia Vo +Ls | 315 psia
Lo =V3 105°F V3/K Ls = V4 115°F V4/K Lg
Ha 0.2 14.4 57.0 0.3 0.3 14.5 55.5 0.3 0.3
Cq 2.2 14.6 7.25 2.0 1.7 14.1 7.61 1.9 1.6
C |114.1 144.2 1.77 81.5 69.3 99.4 1.85 53.7 | 46.0
Cs }285.5 289.6 0.745 | 388.7 |330.7 .334.8 0.81 | 413.3 | 354.1
402.0 462.8 4725 |402.0 462.8 469.2 |402.0
Co/Cs 0.400 0.210 0.130
Comparisons to this point.
Feed Feed
Feed Vapor Liquid Lo L4 Lo L3 Lg
Co/C3 0.264 0.534 0.231 1.96 0.815 0.400 0.210 0.130
Temp °F 0 60 90 105 115
June 7, 1994 UoP Page 20



The C2/C3 ratio in Lz is 0.210, which is less than the 0.231 of the feed liquid. This
reflects the ethane enrichment sought in this section of the column and indicates that 3
trays are sufficient for the enrichment required.
Liquid to Feed Tray = L, +L¢
Co=114.1+24.1=138.3 mollh

Cy=285.5+104.4=2389.9 molfh

C,/C3 =138.2/389.9 = 0.354

Since L2 is richer in C» than the feed liquid, we must conclude that 2 trays are not
enough to do the required separation.

(%Q Y '/t:r‘//( w?m//”ﬂ 0‘5¢}9_
/4 feed K}/w// 6. 22)
)’ Wﬂe/ o 26 ¥

\7%943/;/ e dé"/f‘ 3 ‘/77?'5 A

June 7, 1994 uorP Page 21



Deethanizer — Bottom Section

L, = Lr +Internal Reflux = 337.5+402.0 molfh=739.5 molfh

Vg=L,-Lg=739.5-321.9=417.6 mollh

Bottoms 315Kpsia Lp= 315Kpsla
B 230°F KLg Vg Vg +Lg 200°F KL, Va
C 1.0 3.56 3.6 4.3 5.3 3.04 15.9 9.1
Cs 113.4 1.64 186.0 224.3 337.7 1.35 455.9 | 262.4
iCyq 44.9 1.03 46.2 55.7 100.6 | 0.870 87.5 50.3
nCy 69.5 0.895 62.2 75.0 144.5 0.732 105.8 60.8
iCs 50.9 0.570 29.0 35.0 85.9 0.444 38.1 21.9
nCs 32.4 0.500 16.2 19.5 51.9 0.380 19.7 11.3
iCs 9.8 0.332 3.2 3.8 13.6 0.236 3.2 1.8
321.9 3464 | 4176 739.5 726.1 417.6
Co/C3 0.0088 0.0157
K K(*)
Lp.i= | 315 psia Lp-2 = 315 psia
Va+ls | 190°F KLp.q Vot | Vai+LB |190°F KLp.2 Va2
Cz 10.1 2.88 29.1 16.7 17.7 2.88 51.0 28.2
Cs 375.8 1.29 484.8 278.2 391.6 1.29 505.2 | 279.1
iCq 95.2 0.819 78.0 448 89.7 0.819 73.5 40.6
nCs | 130.3 0.682 88.9 51.0 120.5 0.682 82.2 45.4
iCs 72.8 0.405 29.5 16.9 67.8 0.405 275 15.2
nCs 43.7 0.344 15.0 8.6 41.0 0.344 14.1 7.8
iCe 11.6 0.210 2.4 1.4 11.2 0.210 2.4 1.3
739.5 727.7 417.6 739.5 755.9 | 417.6
CC3 0.0269 0.0452

(*) Note that, when T changes but little per tray, using the same K as for previous tray

.

gives a satisfactory result.

une

7, 1994
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K K
Vn2+Lle | 180°F KLn-3 Va3 | Vas+Llp | 170°F | Klna Vna
C 29.2 2.72 79.4 44.4 45.4 2.58 117.1 67.6
Cs 392.5 1.23 4828 | 270.3 383.7 1.17 4489 | 259.3
iCyq 85.5 0.762 65.2 36.5 81.4 0.71 57.8 33.4
nCs | 114.9 0.631 725 40.6 110.1 0.58 63.8 36.8
iCs 86.1 0.367 31.6 17.7 68.6 0.332 228 13.2
nCs 40.2 0.309 12.4 6.9 39.3 0.277 10.9 6.3
iCe 11.1 0.186 2.1 1.2 11.0 0.164 1.8 1.0
739.5 746.0 | 417.6 739.5 723.1 417.6
C./C3 0.074 0.118
K
315 psia
Lps=Vpa +Lg 170°F KLps Vns Lng=Vns +Lp
C2 68.6 2.58 177.0 96.7 97.7
Cs 372.7 1.17 436.1 238.4 351.8
iCyq 78.3 0.71 55.6 30.4 75.3
nCy4 106.3 0.58 61.6 33.7 103.2
iCs 64.1 0.332 21.3 11.6 62.5
nCs 38.7 0.277 10.7 5.8 38.2
iCe 10.8 0.164 1.8 1.0 10.8
739.5 764.1 417.6 739.5
Co/Ca 0.184 0.277
(end of calculation)
(C2/Cs in feed liquid = 0.231)
Summary:
External R/F = 0.719
Internal R/F = 1.050
Number of theoretical trays in column
top 3
bottom 7
Note: Reboiler and condenser are each a theoretical stage..
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Absorbers and Strippers — Simplified Kremser Approach

The Kresmer absorption or stripping factor approach—assume V/L and K for each
component is constant.

Absorbers:

Define A= 7’;(— = absomtion factor

Fraction of component in gas absorbed (assuming no component in lean

oil):
f(A) = (An+1 _A)/(An+1 __7)
Where: Hote
n = theoretical trays (arechions aye w%
Strippers:

Define S= -‘LLK = stripping factor

Fraction of component in liquid stripped (assuming no component in lean
gas):

(8)=(s™"-8) /(Sn+1 ~1)

A graphical solution of these equations is shown on page 27.
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Notes:

For absorbers, want low K — hence operation favors high pressure + low
temperature.

For strippers, want high K — hence operation favors low pressure + high
temperature.

Where Aor Sis < 0.8 and n = > 5, fraction of component absorbed (stripped) =
A(S).

Absorber or stripper with components in lean oil or stripping gas:
o =Fffsrr-s)(s -1} refianjar-1)
D = F{f(S)}+G{1-f(A)}
D = Component in Vapor from Top Tray

Component in Liquid to Top Tray
G = Component in Vapor to Bottom Tray

m
l
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2. Stripper

1. Absorber
Lean Gas Stripped Gas
/ ¢ Lean Oil / <+—Liquid Feed
Lean Oil K;=0 Stripping Gas K; = o0
‘I;’Vfg““ta"tco ot V/L Constant
v L | FeedGasK;Constan V L | Liquid Feed- K, Constant
2 ~ - i R
Feed Gas—i» A Lelamn Stnppg;gs_ > n colom »
Rich Oil Stripped Liquid
EDS-R00-2507 EDS-R00-2508
Dcﬁ’n& B= LAk
T uéfayp#an /%4*/3}-

3. Absorber or Stripper - General Case

D _ Vapor from

Top Tray
Liquid to _F |
Top Tray > 1
Al K; Constant
LV (or V/L) Constant
vV L
Vapor to G b - F j[t\ :
Bottom Tray > 0 ’ [ (‘ J
Liquid from
Bottom Tray
EDS-R00-2508

Notes:
Liquid phase non—ideality corrections are significant for absorbers.

For average L/V, external top and bottom streams are usually used; however,
internal streams average is more accurate (especially for reboiled strippers)
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Example — Simple Absorber

When the percent recovery of one component is specified, along with the number of
theoretical trays used, the recoveries of all the other components will be fixed. For this
calculation, we use the Kremser chart. The following example is to illustrate the use of
this chart. nt press

K/ J,‘;.» /f

Gas is available at 250 psia and 100°F. Design this absorber to recover 90 percent of

the propane and show the compositions of the streams around the absorber. Tray
efficiencies in absorbers are very low. For this example, use 6 theoretical trays. Find
the required absorption oil rate. The temperature of the oil will rise due to the heat of
absorption, so we will plan to use intercoolers and an average absorption temperature
of 125°F.

e inonales PoR. qoge pRoPsue RCDVLey
CotafLEre ARBoRBLER AELIA L. A4 CE
Feed A 100 f(A)
1 2 3 4 5 6 7
Gas to Abs L Percent Absorbed Off Gas
Comp. {R + Vjp) K KV Absorbed Material R Vo
Ha 172 68.2 0.017 1.7 3 169
No 151 12.5 0.093 9.3 14 137
Cy 339 9.26 0.126 12.6 43 296
C. 361 2.437 1 0.479 47.9 173 188
Ca 95 1.029 | 1135 0.0 86 9
iCq 52 0.558 2.093 100.0 52
nCy 61 0.434 2.691 100.0 61
iCs 42 0.222 5.261 100.0 42
© nCsg 18 0.178 6.562 100.0 18
nCg 16 0.0728 16.0 100.0 16
1307 508 799

[Average L)V =1.168 = (1.135)(1.029)]
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Column 1

Column 2

Column 3

Column 4

Column 5

Column 6

Column 7

Component
Pound mols per hour of each component

Look up Kz for all components and get K by dividing by 250. We
prefer to tabulate Krn rather than make K curves because Kr does
not change much with pressure.

[PRY ,_ Fad
€ 4 N K h

For 90 percent Cg recovery, read QB.\ =1.135 from Kremser chart

for 6 theoretical trays. From K=1.029 for C3, get
L)V =(1.135)(1.029) =1.168. This is total liquid divided by total

vapor. Divide L/V by each K'to get L/KV for each component.

Look up percent absorbed for each component at 6 theoretical trays
from Kremser chart. Notice that when L/KV becomes small, 6 trays
approaches infinite trays and the fraction of component absorbed
approaches L/KV. Also notice that when L/KV becomes around 2.0
and over, the recovery is 100 percent.

Calculate mols/h of absorbed material by multiplying Column 2 by
Column 5.

Subtract Column 6 from Column 2 for lean gas from absorber. The
lean oil rate to the absorber is calculated by this equation:

Define average LIV = (L, +R/2)/(V, +R/2)

where:

Lo
Vo
R

lean oil, mol/h
lean gas, mol/h
total amount absorbed

June 7, 1994
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The absorption oil rate, L,, is calculated:

L = (L/V)(2V;+R)-—R

_ (1.168)[(2)(799) + 508] - 508
2

L,

L, =976 mols(h

Estimating a tray efficiency of 20 percent, use 30 trays.

Vo
799
Ly
ey 1
976
R + VO 30
1307
I : L+R

1484
EDS-R00-2511
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PROBLEMS

Distillation Problems
%Q, e 14
For the Deethanizer example problem, use K at 315 psia an 150}°F for relative

volatilities and calculate:

a. Minimum reflux — high and low limits for perfect separation and bubble
point feed. ( bge %)

b. Minimum reflux by Underwood method.
(Panre &
c.  Component distribution. (Pt 94 &)
S | —_ { Pr=

\A
d. For the reflux used in the example problem, estimate theoretical tray

requirement by th€ Gilliland method — use results of b and c.
Wﬁ-&‘%’\—

"b\“— v”‘u{ﬁ’v ‘L‘\A‘M

Do tray-to-tray calculations for bottom 5 trays of a fractionator. Pressure is 150 psia for
all trays. Use ideal fugacity K's. Use V/L of 0.9 for all trays. Net bottoms are listed:

iCq 0.1
nCq 9.0 Cloviade  Rebsilen
iCs 18.0 ds Dowe o pas— 1F
nCs 24.0
nCe 300.0
nCy 599.9
951.0
Z w{‘__% Yot 16

cg_g b wafle O s
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Absorption and Stripping Problems

A stripper is designed to remove 98 percent of the C, from the following liquid. Use
220°F average temperature and 250 psia. Use 14 theoretical trays. Use ideal

fugacity K's. (Determine the split of the other feed components. Kermver Chond
Stripper Feed |K @ 220°F | KV Fraction Stripped

mol/h 250 psla L Stripped Vapor Bottoms
Cy 21
Cz 132
Cs 157
iCq 211
iCs 12
nCs 814
nCs 1210

Design absorber to recover propane at 150 psia and average temperature of 120 °F.

Use 7 theoretical trays. For 1500 mol/h of absorber oil equimolar in toluene and

metaxylene, what is column material balance? Consider L/V to be average of top and -
; @M Trial-and—error solution is required. Use ideal fugacity K's.

. - —

Gas to Absorber Gaers 2
o g 2o mol/h me v,
Hp 150 Suess Ly,
N2 20 (VX G CHoopna ot
Cy 35 -
C2 | 15 ff) é:s' Colobt Y%
C, 65 ‘ 7 % Prpec.
3 138 e
Ca 250 '
iCq 50
nCy 110
iCs 16
nCs 28
2MP 8
885
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MULTICOMPONENT DISTILLATION

- Introduction

- Minimum Reflux

- Minimum Trays

- Design Parameters

- Component Distribution

- Tray-to-Tray Calculation Description

- External versus internal Reflux

- Tray-to-Tray Calculation Exa‘mple Problem

- Absorbers and Strippers Using Kremser Method

June 7, 1994 UoP
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- INTRODUCTION

Fundamental Relations

- Heat Balance

- Material Balance

- Equilibrium

Shortcut Methods

- Fenske Equation

- Underwood Equation

- Gilliland Graph

Exact Methods

- Simultaneous Equations

- Top Down/Bottom Up

- Trays are Always Specified
Approximate Design Methods
- Kremser for Absorbers and Strippers

- Naphtha Fractionation

June 7, 1994 -~ UOP
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PLATFORMATE SPLITTER

Overhead to Sulfolane and Bottoms to Isomar—Parex

o Feed Overhead Bottoms
Component | nbp, °F mol/h mol/h mol/h

n-Ca 31 4 4 -

n-Cs 97 100 100 -

n-Cg 156 140 140 -

Non Distributed MCP 161 2 2 -
Bz 176 104 104 -

n-Cy 209 200 200 -

MCH 214 3 3 -

Light Key Tol 231 559 553 6
Distributed n-Cg 258 150 149 1
Distributed ECH 269 10 9 1
Heavy Key EB 277 129 0.1 128.9
p-Xyl 281 132 - 132

m-Xyl 282 307 - 307

Non Distributed o-Xyl 292 300 - 300
n-Co 303 11 - 11

2151 1264.1 886.9

f———————— ——
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MINIMUM REFLUX
Approximate Binary Analogy
Maximum possible reflux ratio = binary value.

Minimum possible reflux ratio = (binary value)(x x + xpx )Foed

Where:

Mol fraction of light key in feed
Mol fraction of heavy key in field

XK
XHK

Correct reflux ratio is between these limits.
Example for bubble point feed:
Imperfect separation:

High limit:

(D), . = _L_[ﬁD_ - _‘.7‘_(_1“_’(2_)_]

-1 xg  (1-xf)
Low limit:
o Xk + Xpy )Distillate

Perfect Separation:

High Limit:
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PLATFORMATE SPLITTER

Overhead to Sulfolane and Bottoms to Isomar—Parex

0 Feed Overhead Bottoms
Component | nbp, °F mol/h mol/h mol/h
n-Cq 31 4 4 -
n-Cs 97 100 100 -
n-Cg 156 _ 140 140 -

- Non Distributed MCP 161 2 2 -
Bz 176 104 104 -
n-Cy 209 200 200 -
MCH 214 3 3 -

Light Key Tol 231 559 553 6

Distributed n-Cg 258 150 149 1

Distributed ECH 269 10 9 1

Heavy Key EB 277 129 0.1 128.9

p-Xyl 281 132 - 132

m-Xyl 282 307 - 307

Non Distributed o-Xyl 292 300 - 300

n-Cgq 303 11 - 11

2151 1264.1 886.9

b= =
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fare focak

MINIMUM REFLUX
Approximate Binary Analogy
Maximum possible reflux ratio = binary value.

Minimum possible reflux ratio = (binary value)(x x + Xpx )rood

Where:

1

Mol fraction of light key in feed
Mol fraction of heavy key in field

XLK
XHK

Correct reflux ratio is between these limits.
Example for bubble point feed:

Imperfect separation:

High limit: ‘ ; :
/ 1—x0) v
L/D =—| 2D :
( / )mm O!—7[XF (1—XF) } ’
Low limit: , [ xe _ L£00-%2)7]
= =1 '~ /- Xr) ( B ”K)o,‘;/; Weo#e
%

Perfect Separation:

High Limit:

-

(L/F)min
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Low Limit:

1 Xp R C/" pcﬁ/‘
(L/F) i = ;_—_7(XLK +XpK ) X (-

Underwood's Method
Assumptions:

Constant molal overflow

Constant o

(aixi)F
ai—¢

-AM~..

;1—q

i (an,-)D _
21: = =(L/D) i, +1

Mol fraction in total stream
Underwood parameter
Feed thermal condition
Any component

X
9
q
i

All possible roots of the first equation lie between the o's of the feed components.

Substitution of these roots into the second equation yields simultaneous equations
whose solutions give (L/D)_.. and (x;), (non-key components).

mol/h
Component o Feed Overhead Bottoms
A 6 40 40 -
B-LK 2 20 20 -
C-HK 1 20 - 20
D 0.5 20 - 20
100 60 40
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Binary approximation:

Boiling point feed — perfect separation

High Limit:
1
LF=—c—=1
/ o-—1
L=100 x1=100mol/h
Low Limit:
1 \‘%’%:ﬁ g K
L/F = T;(XLK +XHK) = 1(0.2+0.2) =0.4
L=100 x 0.4 = 40 mol/h
UNDERWOOD

First Equation

(aXF)A+(aXF)B+(aXF)c+(aXF)D _

Gp—¢ oag—¢ oc-¢ ap—¢ -a
Since feed is at boiling point, ¢ =1.
Then:
(6)(0.4) N (2)(0.2) N (1)(0.2) N (0.5)(0.2) —1—1=0

6-¢ 2-¢ 1-¢  05-¢

Ok SP<oyg
1<¢9<2

By trial-and—error, 8 =1.2267.
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Second Equation

6(40) ?(20)

(x XD)A (a XD)B _ 60 60) _L __

+ = =—=+1=1.700
-6 -0 6-1.2267 2-1.2267 D

—é— =0.700
L =(0.7)(60)=42.0mol/h
High Limit = 100.0 mol/h
Low Limit = 40.0mol/h
COMPONENT DISTRIBUTION
Why Valuable?
- To estimate column material balance
- To start a tray-to-tray calculation
- To simplify a minimum reflux calculation
Approximate method:
Components that are:
- Lighter than light key — all to overhead

- Heavier than heavy key — all to bottoms

Only valid if non-key component o's are considerably different than o of keys.

June 7, 1994 UOP Page 39



Method based on Fenske equation:

n= In(rp/rg)y

‘ In (1474
1 2 3 4 5 6 7 8
Component o ina In(rp/rg) rp/fe X¢ Xp XB_
A 1.65 0.501 13.126 501821 196.1 195.8 0.3
B-LK 1.49 0.399 10.452 34604 122.6 119.6 3.0
C 1.445 0.368 9.641 15383 95.8 90.7 5.1
D 1.188 0.172 4.506 91 68.4 6.5 61.9
E 1.14 0.131 3.432 31 86.8 3.0 83.8
F-HK 1.0 0.000 0.000 1 86.8 0.1 86.8

June 14, 1994

In(rp/rg)=(n)(In @)

Xp1 = Xf1— Xpy

rp/rg =(119.6/0.1)/(3.0/86.8) = 34604

n=In(rp/rg)fin o =10.451/0.399 = 26.20

xp1 = (roi/rer) %X wp [ XHs + (Foi/Ter)Xkp ]

]
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KREMSER

1. Absorber

Lean Gas

<~ Lean Oil

Lean Qil K; =0
L/V Constant

v L | FeedGasK; Constant

Feed Gas—i»

Rich 0il
EDS-R00-2507

Define A = L/VK = Absorption Factor
Fraction of gas component absorbed = f(A) = (A”*’ - A) / (A”“’ - 1)

Note: Liquid phase non-ideality corrections are usually significant for absorbers.

2. Stripper

Stripped Gas

<«]— Liquid Feed

Stripping Gas K; = e
V/L Constant
V L | Liquid Feed - K; Constant

Stripping
Cas— 1~

Stripped Liquid
EDS-R00-2508

Define S = VK/L = Stripping Factor

Fraction of liquid component stripped = f(S) = ( S™_ S) / ( S™ 1)
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3. Absorber or Stripper - General Case

D _ Vapor from

Top Tray
Liquid to _E |
Top Tray - 1
All K; Constant
LAV {or V/L) Constant

/l. 4 Fess (o1 pas/car s

Vaporto Gl =~ M1ty t.

Bottom Tray

Liquid from
Bottom Tray

D; = Fi[f(S)]+Gi[1- f(A)]

Note: For average L/V, external top and bottom streams are usually used; internal
stream averages give greater accuracy. All feed components are significant.

Tray Efficiency

Figure 12 shows a plot of overall tray efficiency of the V-1 Ballast tray obtained in a 4
feet-0 inch diameter fractionating column on the isobutane/n-butane and
cyclohexane/n-heptane systems at several pressures. The results of these tests are
described fully in Glitsch Bulletin No. 160.

This figure may be used as a guide in selecting tray efficiency for design of commercial
columns for similar systems. However, the usual practice has been to establish the
number of trays required to obtain the desired separation with bubble cap or sieve
trays and to use the same number of Ballast trays. The V-4 Ballast tray has been used
to separate the ethylbenzene-styrene system in a single column without having an
excessive bottom tray pressure.
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Large size V-2 Ballast units have been used to replace bubble cap and riser
assemblies in existing columns. The efficiency and capacity of the installations have
exceeded that of the original bubble cap tray.

Extra trays to compensate for mislocation of the feed tray and instrumentation swings
should be considered when the number of trays is established.

V-1 Ballast Tray
Overall Tray Efficiency
Us
Vapor Density & Load
Experimental Data at Total
Reflux 2" Weir Height, 30" FPL
il e —
//""" w 120
7 >_{g\\‘\ ~— 110
// \:\ 04 \\\\\ 100
—— 03 \ \ \
Y S e - ) e e U MM
i A \
0.07 & Lower T~~~ N \ \
Vapor Density %\ \
N \ \\ 70
\\\ 60
\ 50
0 10 20 30 40 50 60 70 80 90 100

Percent of Flood

EDS-R00-0245

O‘ Cow«tﬁv %X\O}CV\Y | | E@é
E@ 2 04q2 (M * )T ro-245 /
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‘O’Connel Efficiency

Efficiency

0.9

0.8

0.7

0.6

0.5

0.4

0.3

0.2

Eff.=0.492(alpha*mu) * —0.245

0.01

0.1 e 7
(alpha*viscosity)

1

10



Point Efficiency:

NOG

EOG=1'—9—

Mumhree Tray Efficiency: fon lewis Crse L

Overall Efficiency: N S, =

In[1+E,6(A~1)]

En =
o In 2

f%w«p hree Tw7 E‘{Ffa‘euy N

- Y-
\Cvml’-‘ (W \>

e —
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DESIGNING A COLUMN

- Define Feed

- Define Product Specification
- Set Column Pressure

- Optimize Column Design

- Calculate Tray Loads

- Size Trays

- Set Composition Control
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DEFINE FEED

- Composition

- Flow Rate

- Temperature

- Pressure

- Enthalpy

DEFINE PRODUCT SPECIFICATIONS

- Receiver Temperature

- Product Purities and Recoveries

- Zero Purity Specification is Not Acceptable

- Does Customer Have a Good Definition of the Desired Purities and Recoveries
- Determine Effects of Other Streams Internal to Unit or Complex

(o\/\suwﬁ" Lotn ?D(’, s M Prey e eds v [ S

- Determine the Hi f'ﬁest Purities that the Column Ever Has to Produce

Poces derspe Cosol e

f
1
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SET COLUMN PRESSURE
- Maximize Alpha Value
- Minimize Column Cost
- Keep Flare Material Out of Overhead
- Totally Condense Overhead Products
- Prevent Need for Net Gas Compression
- Minimize Net Overhead Vapor
- Use Condenser as Heat Source
- Use Bottoms as Hot Ol
- Limit Bottom Temperature

Cracking

Polymerization

Approach to Critical
OPTIMIZE COLUMN DESIGN
- Best Trays Versus Reboiler
- Best Feed Tray Location

- Feed Preheat
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BEST FEED TRAY LOCATION

C3/iC4 Spiitter
38 Total Stages
Reboiler Duty Reboiler Duty Reboiler Duty
Feed Stage| 10° Btuh |Feed Stage| 105 Btu/h |Feed Stage| 10% Btuh
1 288.701 14 8.141 27 9.309
2 148.546 15 8.008 28 9.785
3 83.707 16 7.929 29 10.417
4 49.136 17 7.891 30 11.277
5 30.807 18 7.885 31 12.480
6 21.036 19 7.908 32 14.223
7 15.723 20 7.957 33 16.847
8 12.720 21 8.032 34 20.964
9 10.944 22 8.134 35 27.665
10 9.840 23 8.269 36 38.831
11 9.130 24 8.442 37 57.548
12 8.660 25 8.663 38 88.681
13 8.348 26 8.945
Best Feed Tray
38 Total Stages
15
§ 10 X /
==
B
=
<
€ 5
00 10 20 30 40
Feed Stage Number .
v EDS-R00-2513
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TRAYS VERSUS REBOILER DUTY SELECTION

June 14, 1994

uoP

Page 50

Percent Delta Percent Delta
Feed Total Reboller Reboliler/ Feed Total Reboller Reboller/
Stage|Stages | 10® Btu/h | Theo Tray |StagelStages | 10° Btuh | Theo Tray
25 50 7.582 0.18 15 30 8.689 2.38
24 48 7.609 0.21 14 28 9.102 3.28
23 46 7.641 0.31 13 26 9.699 4.74
22 44 7.689 0.36 12 24 10.619 7.17
21 42 7.744 11 22 12.141 11.70
20 40 -7.811 o5 10 20 14.982 22.66
19 38 7.907 9 18 21.771 72.92
18 36 8.028 3 8 16 53.521 770.88
17 34 8.187 7 15 466.104
16 32 8.397 7 14 Will not solve
BoX Trays vs Reboiler Duty 797 et R
15 5o /07 S
/ g o
Gp-s
10
$ N
==
=
43" > —o—o
e~
® 5
0
0 10 20 30 40 50 60
Number of Theoretical Stages
EDS-R00-2514



FEED PREHEAT

Preheater Duty | Feed Vapor Reboiler Duty Preheat Efficiency
106 Btu/h Fraction 106 Btu/h Percent
0 0 8.741 505
1 0 ‘ 8.236 451
2 0.0084 7.785 40.2
3 0.2363 7.383 35.7
4 0.4645 7.026 31.7
5 0.6932 6.709 28.2 7
6 0.9227 6.427 25.3 ‘
7 1 6.174
8 1 5.946
10 1 5.555
14 1 4.947 11.0
20 1 4.289
Feed Preheat Efficiency
60
50
g
£ 1
z
bt
§
g% N
20 \
N \

0 5 10 15
Preheater Duty, 166 Btwh

EDS-R00-2515

e — e
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Naphtha Stripper Preheat Efficiency

Feed Temp., °F 340 350 360 370 380

Feed Enthalpy, 106Btwh | 98.810 | 103.300 | 107.950 112.91 117.980
Reflux/Feed 0.562 0.605 0.650 0.70 0.752
Reboiler, 106Btu/h 86.670 | 84.990 83.372 81.68 80.110

Preheat efficiency is the delta reboiler duty divided by the delta feed enthalpy.

Delta Temperature Preheat Efficlency, Percent
3405350 37.4
350360 34.8
360-370 34.1
370->380 31.1
Feed Temp., °F 275 285 305 315
Feed Enthalpy, 10Btu/h 69.7 73.46 94.21 106.82
Reflux/Feed 0.6 0.63 0.828 0.97
Reboiler, 105Btu/h 74.19 72.41 64.38 60.82
Delta Temperature | Preheat Efficiency, Percent
275->285 47.3
285-»>305 38.7
305315 28.2
D\/d/“ G PP~ §p [ o
o ¢ 52
;' (22 20
30 o
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PREDISTILLATION COLUMN

Predistillate Column

50 I Yy
340 [ Numbers are percent of = /
Design Overhead Rate B /
yd
320 / v 4
- /|
300 [100% —
5 280 // L
E 102% /
s
é, 260 2— = 7
g ol a1 [
Ic
200 l{
180
160
0 5 10 15 20 25 30 35 40 45 50
Tray Number
EDS-R00-2516
.—_?;[U\@w—- (%ﬁ'\e‘/“ F('/‘AV(],MNLV«\'
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MULTICOMPONENT DISTILLATION
Distillation Problem 1.a

Minimum Reflux — High and Low Limits.

(From K, 315 psia, 150°F)
d
Component o Xg Xp_
H» 47.740 . 0.0371 0.234
Cq 7.734 0.0324 0.204
Cz 2.185 0.0813 0.495
Cs 1.000 0.3069 0.067
iCq 0.587 0.1170
nCy 0.472 0.1820
iCs 0.262 0.1330
nCs . 0.216 0.0847
iCe(2MP) 0.123 0.0256
Total 1.0000 1.000
Keys — Coand Ca
Perfect separation
Boiling point feed
High Limit:
(RIF), =—1—=—T1_—0.844
m a-1 1.185
Low Limit:

(RIF),, = (Xix + Xex )(-&-?_—1) = (0.081+0.307)(0.844) = 0.327
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Distillation Problem 1.b

Minimum R/D by Underwood:

éq = 337.5/382.7 = 0.882 (feed liquid mol fraction)

i X;
Z—E’—"i =1-q, Correct ¢ between 1.0 and 2.185 (ak).
7(0i—¢)

1.771 0.2506 0.1776 0.3070 0.0689 0.0857

(47.74-9) (7.734-9) (2.185-9) (1-0-9) T (0587-9) " (0.472-9)

0.0348 0.0183 0.0032

—1-q = 1-0.882 = 0.11
(0.262-¢) (0.216-¢) (0.123-9) " 8

High and low limits in terms of R/D for boiling point feed: Xp®

Vsl 124 -
e —— = 209
Y o83 v 062

> W‘gg,
_X_D_a(1"xD) = 1 %.Eogw%_zjgslﬂgl =3.271
XFE (1""XF) 1.185 - - 1-0.209
08137 0.3069
. 20%¢

RIF = (R/D)(DJF) = RID [iﬂii@-]
Xp— Xg

1.0
=—10 ___0.009
8= 10+113.4 D

RFF = (3.271%0.230)=0.752

(,”?"0009
PRAEREIIAR e

High limit — mol fraction relative to keys:

RID=—"—
a-1
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Distillation Problem 1.b (continued)
Low limit:
R/D = (R/D)B,(xu( + X )D =3.271(0.495+0.067)=1.84

RIF = (R/D)(DJF) = (1.84)(0.159) = 0. 292
T

Total mol basis

Forq=0.118 " BinaryR/D=3.62 *

¥(+118)
38 42 | 366 | 439 | 62 | -70 | -28 | —18 | -2 | -173
43 623 | 341 | 52 | 60 | —24 | —11 | o | .0¢5
L A=—(215-118)/(215+173)(1.90~1.70)+1.90 = 1.850

43 530 | -361 | -55 | —62 25 | 11 | -2 96
4=1.90-(215-118)/(215 - 96)(1.90 - 1.85) =1.8592

43 545 | -357 -54 | -62 -25 =11 -2 116

iL“’x’)é/_/Dn

7(xi—¢)

47.74(0.234) | 7.734(0.204) = 2.185(0.495)
(47.74-1.859) * (7.734-1.859) (2.185—1.859)

. 1:0(0.067)

— ) = 0,243 40,269+ 3.318+(—0.078) = 3.752 = L/D +1
(1.0-1.859)

LD =2.752

D/F =60.8/382.9 = 0.159
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Distillation Problem 1.c

Component Distribution

Component o Ino
Ha 47.740
Ct 7.734
Cz 2.185
Cs 1.000
iCq 0.587
nCy 0.472
iCs 0.262
nCs 0.216
2MP 0.123

N
Fenske Equation:

n= In(rp/rg)/in &

For ethane: | 9
| n=6.72/0.782 = 8.603

Once "r" is known, calculate:

In(rp/rg)=(n)(In )
D F, Dy By Ou
@ = (o/rs)(&) (¥ )/ (¥0e + (ro/rs) )
B;’ ’c. g}} gﬂ DH
%= (’éf)(’éée)/("éis +(rp/rg)%hp)

June 14,1994 -~ uorP
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Distillation Problem 1.d
Gilliland Relation
Find operating trays for a reflux of 402.0 mol/h
L/D = 402.0/60.8=6.61
X =(R-Rm)/(R+1)
.2/,2
Y = 298 (From Gillland Graph)

Y =(N-Nm)/(N+1)

0.213=(N-8.6)/(N+1)

N=11.2
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///’
MINIMUM AND TOTAL REFLUX ,CfALCULATIONS
uop Engineering Design S8eminar
Distillation Preblem
25 East Algonquin Road stlfation ©
Des Piaines, lllinois
60017-5017
Feed Thermal Condition, (q) 0.882
Number of Components 9 -
Light Key in Distillate, Mols 30.100
Heavy Key in Distillate, Mols 4.100
Component Distribution (Mols) Relative Roots of
Feed : Equilibrium { Volatility | Underwood
Component Name (Mols) Data (Calc) Equation
. Minimum Reflux Tetal Reflux
Dist. Bott. | Mist. '] Bott.
/
Hp 14.20] 14.20 0.00/] 14.20 0.00 47.740 47.740
C; 12.40} 12.40 0.00 | 12.40 0.00 7.734 7.734 | 35.6972 |
LK 92 31.10] 30.10 }/.'OO 30.10 1.00 2.185 2.185 6.5197
HK C3 117.50| 4.10 | 143.40 | 4.10 | 113.40 1.000 1.000 1.8591
i-(_'_}4 44.90{ 0.00 / 4490 | 0.02 44.88 0.587 0.5§L 0.7008
n-(;‘q 69.50| 0.00 4 69.50 | 0.00 69.50 0.472 0.472 0.5250
i-Cs 50.90 0.0Q/ 50.90 0.00 50.90 0.262 0.262 0.2978
n-Cs 32.40| 0.00 3240 | 0.00 | 32.40 0.216 0.216 0.2256
2MP 9.80} ¢/00 9.80. 1 0.00 9.80 0.123 0.123 0.1255
— /
Totals: 382.70760.80 | 321.90 | 60.82 | 321.88
/
Theoretical Plate Requirements
(Gilliland Correlation)
Internal Reflux/Distillate Theoretical Plates Internal Reflux/Distillate Theoretical Plates
! ‘
2.75 / Infinite 4.36 14.39
295 / 22.71 6.50 11.80
3.0 21.08 11.51 10.19
3.17 19.61 17.76 9.58
369 - 16.46 Infinite 8.60
/
(o4
/ /7 c
re’ 7/
q 2'7/
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MULTICOMPONENT DISTILLATION

Problem 2 _, 2y, Z. <,
y.d / 0 Vi
4} K @ 150 L K @ 150% é K @ 150% L
250°F | 2K 340°F | 2K 360°F | 2K
iCq 0.1 2.05 . 0.2 3.25 0.3 3.56 0.4
nCs 9.0 1.75 15.8 2.90 26.1 3.18 28.6
iCs 18.0 1.05 18.9 1.88 33.8 2.10 37.8
nCs 24.0 0.929 22.3 1.73 41.5 1.95 46.8
nCeg 300.0 0.499 149.7 1.06 318.0 1.21 363.0
nCy 599.9 0.266 159.6 | 0.659 395.4 | 0.772 463.2
Total 951.0 366.5 815.1 939.8
Acceptable
Use 360°F
V/IL=0.9, L=V+951.0, D/L=951.0, L=9510.0, V =8559.0
Lt Ny
(By Ratio) gnv, K @ 150 (By Ratio) Qa, v, |K @ 150n
V4 Lo 350°F | XKL, \Z] Ls 340°F | 3IKLj
iCq 3.6 3.7 3.40 12.6 10.9 11.0 3.25 35.8
nCy 260.5 269.5 3.04 819.3 708.6 717.6 2.90 2081.0
iCs 3443 | 362.3 1.99 721.0 623.6 641.6 1.88 1206.2
nCs 426.2 | 450.2 1.84 828.4 | 716.4 740.4 1.73 1280.9
nCs | 33059 |3605.9 1.13 4074.7 | 35240 |3824.0 | 1.06 4053.4
nC; | 42185 |4818.4 0.714  |3440.3 | 29755 [3575.4 | 0.659 |2356.2
Total | 8559.0 |9510.0 9896.3 | 8559.0 |9510.0 11013.5
OK
K @ 150x K @ 150n K @ 150x
330°F 2KLs | 349 2KLs | gogop | ZKLs Vs
iCq 3.10 34 2.82 31 2.96 33 29.4
nCs 2.77 1988 2.52 1808 | 2.64 1894 1684.7
iCs 1.78 1142 1.57 1007 1.67 1071 952.7
nCs 1.63 1207 1.44 1066 1.53 1133 1007.8
nCs 0.987 3774 0.851 3254 0.917 3507 3119.5
nCy 0.607 2170 0.507 1813 0.555 1984 1764.9
Total 10315 8979 9622 | 8559.0
OK
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é L,+v> | K@ 150n K @ 150n

L 290°F TKL4 280°F ZKL4
iCq 0.1 29.5 2.56 76 2.44 72
nCyq | 9.0 1693.7 2.26 3828 2.13 3608
iCs 18.0 970.7 1.39 1349 1.30 1262
nCs 24.0 1031.8 1.25 1290 1.17 1207
nCe 300.0 34195 0.723 2473 0.663 2267
nCy 599.9 2364.8 0.416 984 0.368 870
Total 951.0 9510.0

Z, + 1., |K @ 150

Va Ls 250°
iCyq 66.4 66.5 2.05
nCq 3325.5 | 3334.4 1.75
iCs 1163.2 | 1181.2 | 1.05

nCs 11125 | 1136.5 0.929
nCg 2089.5 | 2389.5° | 0.499
nCy 801.9 | 1401.8 0.266
Total | 8559.0 | 9510.0

j18.5
S©0&9.0
10976

942,5 /
73378 /
9246 //’;.
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Handout Example Problem — Bottoms

Kr @ 300 psia Kr @ 300 psia -
Lo 230°F LoK=n Vo 210°F /lﬂ)KIC Vo
Cz 1.0 1097 1097 4.2 994 994 4.2
Cs 113.4 517 58628 | 223.8 9 53185 | 2278
iCyq 44.9 328 14727 | 56.2 292 13110 56.1
nCy 69.5 283 19668 | 75.1 é 248 17236 73.8
iCs 50.9 180 9162 /“4 154 7839 33.6
nCs 32.4 159 5152 " 19.7 133 4309 18.5
iCe 9.8 . 103 10 ‘ 3.9 84 823 3.5
Total | 321.9 1}3&143 417.9 97496 | 417.5

Shows temperature change ha§ small effect on composition because o changes little
with temperature.
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MULTICOMPONENT DISTILLATION

Absorption and Stripping — Problem 1

Kr @ 250 psia Fraction

mol/h | . 550°F K KV/L |Stripped |Overhead { Bottom
Cy 21 3171 -~ |12.684 | 3.555 1.000 21.0 0.0
C. 132 1032 4.128 1.157 0.980 129.4 2.6
Cs 157 474 1.896 0.531 0.531 83.4 73.6
iCq 211 289 1.156 0.324 0.324 68.4 142.6
nCq4 413 | 247 0.988 0.277 0.277 - 114.4 298.6
iCs 512 151 0.604 0.169 0.169 86.7 425.3
nCs 814 132 0.528 0.148 0.148 120.5 693.5
nCs 1210 69.8 0.2792 | 0.078 0.078 94.7 1115.3
Total | 3470 718.5 2751.5

Kremser Equation:

Fraction Stripped = (S™ - s) / (8™~ 1)

where:

Cz strippiné féquired is 98 pci.
From Kremser Chart or Kremser Equation:

(KV/L)cz =1.157
The V/L value is calculated by dividing the (KV/L)02 by the K¢, value.

V/L=1.157/4.128 = 0.280

W
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MULTICOMPONENT DISTILLATION
Absorption and Stripping — Problem 2
D; = Fi[f(S;)]+Gi[1- f(A)]
S=KVL

A =LKV

Fraction Stripped = f(S;) = (Sf*" - S,-)(S,—”” -1)

{ <

Fraction Absorbed = f(A;) = (Ar+ - A,-)(A,!”f" -1)

Try
Mol/h | KT @ 150 psia HV=3 Fraction D;
G 120°F K; L/K;V | Absorbed |Overhead| Bottom
Hp 150 17270.000 115.133 0.026 0.026 146.1 3.9
Np 20 3061.500 20.410 0.147 0.147 17.1 29
Cy 35 2223.300 14.822 0.202 0.202 27.9 7.1
Cz 15 761.490 5.077 0.591 0.585 6.2 8.8
Cz 65 559.810 3.732 0.804 0.762 15.4 49.6
C3 138 244.960 1.633 1.837 0.993 0.9 137.1
Cs 250 214.410 1.429 2.099 0.997 0.7 249.3
iCq 50 108.250 0.722 4157 1.000 0.0 50.0
nCq 110 83.067 0.554 5.417 1.000 0.0 110.0
iCs 16 40.072 0.267 11.230 1.000 0.0 16.0
nCs ---28 31.815 0.212 14.144 1.000 0.0 28.0
2MP 8 16.114 0.107 | 27.926 1.000 0.0 8.0
Total 885 214.3 670.7
Fraction D;
Fi Kix Kj K;v/L Stripped |Overhead| Bottom
Toluene | 750 2.6706 1.78 102 | 593 103 | 5.93 103 4.5 7455
m-X 750 1.0309 6.87 102 12.290103 | 2.29 103 1.7 748.3
Total 1500 6.2 1493.8
Define (LIV),yerage = [F/D +(F-D+G)/G]/2 D=220.5
Calculated (L/V)a-.e.—age =4.62 4.62> 3.2 ..try greater LV
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Absorption and Stripping — Problem 2

D; = Fi{f(S;)]+ G 1- (A7)

Si=

KV/L

A =LIKV

Fraction Stripped = £(S;) = (s - Si)(sf' - 1)

Fraction Absorbed = f(A;) = (A" - A)ArT - 1)

i

Try
Mol/h | Kr @ 150 psia Liv=e Fraction D;
Gj 120°F Kj L/K;Vv |Absorbed | Overhead | Bottom
Hp 150 17270.000 115.133 0.052 0.052 142.2 7.8
N2 20 3061.500 20.410 0.294 0.294 14.1 5.9
C 35 2223.300 14.822 0.405 0.404 20.8 14.2
Cz 15 761.490 5.077 1.182 0.935 1.0 14.0
Cz 65 559.810 3.732 1.608 0.986 0.9 64.1
Cs 138 244.960 1.633 3.674 1.000 0.0 138.0
Cs 250 214.410 1.429 | 4.198| 1.000 0.0 250.0
iCq 50 108.250 0.722 8.314 1.000 0.0 50.0
nCq 110 83.067 0.554 | 10.835| 1.000 0.0 110.0
iCs 16 40.072 0.267 | 22.460 1.000 0.0 16.0
nCs 28 31.815 0.212 | 28289 1.000 0.0 28.0
2MP 8 16.114 0.107 | 55.852 1.000 0.0 8.0
Total 885 " 179.0- 706.0
Fraction D;
Fi Kin Kj K;iV/L Stripped Overhead | Bottom
Toluene | 750 2.6706 1.78 102 | 2.97 103| 2.97 103 2.2 747.8
m-X 750 1.0309  }6.87108 |1.15 103} 1.15103 0.9 749.1
Total 1500 3.1 1496.9
Define (LIV),,orage = F/D0 +(F~D+G)/G]/2 D=182.1
Caleulated (L/V) ypra0e = 5-36 5.36<6.0 ..try smaller LV
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Example X;p means mols per hour of light component in the distillate. Since we are
talking about binary distillation, we can skip the 1 — 2 subscripts if we wish and always
understand that we refer to the light component when we say, for example x. Then (7-
x), of course, means mol fraction of heavy component.
Sometimes the following superscripts are utilized
1, 2, 3—n, n+1= tray numbers

Tools for Distillation Analysis
Tools to analyze and solve distillation problems are:

Material Balances

Heat Balances

Equilibrium Relationships
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Figure 1
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Envelope Technique

As an aid to developing these relationships, the "envelope technique” is used. On a
sketch of a fractionator or portion thereof, envelopes are drawn around which material

and heat balances can be written.

Let us consider a simple fractionator (one feed and just top and bottom products) with
five trays with the overhead product being all liquid and the reflux is not subcooled.
We will write material and heat balances around three possible envelopes. Each tray
will be defined a theoretical tray where the liquid and vapor phases leaving each tray

are in equilibrium (V7 with L7, V2 with L2, etc.).

[Envelope 1)

Mass Balance

In = Out

F=B+D

%&FF = ?O,QDD + %QBB

Heat Balance

In = Out

FHF +QH = DHD +BHB +QG

[i Envelope 3 \

Mass Balance
In = Out
v+l =v4+ 14

Heat Balance

In = Out
VoH, s +1%H;s =V*H, 4 +L*H 4

7 o .
L =L v:—f‘m;gé,,,}f

[Envelope 2]

Mass Balance
In = Out
V3L =V1+1?

Heat Balance
In =Out ‘
V3H,s +1°H,o =V'H,, +1%H,

E’v\ve(gﬁ 4
n-
Mess  ba '
ue [ ‘)(;\wq.,_,-\ \/GAV“&LY‘»L!D
"t )@
<t %&\iﬁw&Q_ — e\) V"’f‘ 195\%{-“"/@;(!.,0
tAL° =

1w

4
0% 8
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BINARY DISTILLATION MATERIAL BALANCES
Binary Concept

We now simplify the system by defining the feed to consist of two components. The
liquid and vapor mol fraction of the light component will be designated xand y.

Example: Material Balance for Envelope 1 for The Light Component

Fxg = Dxp +Bxg
Constant Molal Overflow Concept
In distillation calculations, the simplifying concept of constant molal overflow
eliminates the need for heat balances except around the feed tray. Constant molal
overflow means that in a section of the column, the vapor and liquid molal flows do not
change. A section is defined as a portion of the fractionator between two adjacent
entering and/or exit streams.
For our simple fractionator, there are only two sections: a top or rectifying section and
a bottoms or stripping section. Therefore, V¥ =v? =V’ and L' =1?; also V4 =V* and
B=1*=15
Commercial fractionation such as benzeneftoluene, isobutane/n-butane, ethyl-
benzene/styrene and propylene/propane can be considered binary distillations with
constant molal overflow.
Constant molal overflow occurs when:

Molal latent heats of both components are similar (at tray temperatures)

Sensible heat changes (from tray to tray) are negligible in comparison with
latent heats.
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Rectifying and Stripping Sections

Now let us consider the fractionator not to be limited in trays and derive material

balances for each section of the column.

Figure 2

y=

EDS-R00-0202
Light Component Mass Balance
In = Out
vy™ = 1LX" +DXp

(@) y™ =(V)x" +(DV)Xp

7}7 above. feedf
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Figure 3

Stripping Section

Light Component Mass Balance

V:yn+1 =L'X" —BXB

(b) yn+1 - (LI/VI)X" "(B/V’)XB
7757 éé’éa) /; 2/
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Page 7



Feed Tray Balances

The relationship between L, VandlL’, V’ is determined by material and heat
balances around the feed tray.

Let us define a thermal property of the feed, g, such that

(c) L’ = L+qF and hence V’ =V +(q-1)F

Where the molal latent heats of both components are the same on both the feed tray
and in the feed:

HY -H
d =JEZT'F
(@) ~
q is the total heat required to convert a mol of feed to saturated vapor divided by the
molal latent heat of vaporization.

This convenient definition of g eliminates the need for feed tray heat balances. It also
allows the development of a reléiionship (equation) giving the conjunction of the
rectifying and stripping material balance relationships. Graphically, this is the locus
(y+1) of the intersection of the lines representing the material balance equations.
inserting the definitions in (c) into equations (a) and (b) and eliminating L and V results
in:

Q y™ =laf(@-1" ~[1(a-1]xe
Summary of Equations
(a) Rectifying Section Operating Line

y™ = (LV)x" +(D/V)xp
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(b)  Stripping Section Operating Line

yn+1 - (Ll/vl)xn - (B/V')XB

(c) L'=L+qgF
V —-—

o) q=HEZHe

(e) qline

y™ =[a/(q-N]x"-[1/(a-1)]xe
EQUILIBRIUM
Concept

A vapor and a liquid in a system containing two components quickly come into
equilibrium when mixed or agitated. At this condition of fixed temperature and
pressure, molecules of either component in the vapor are condensing at the same rate
as molecules of these components in the liquid are evaporating. The composition of
each phase is then constant forever, as long as the temperature and pressure do not
change.

The more light material there is in the liquid, the more light material there will be in the
vapor. This is common sense. We can say that yis proportional to x:

Y1 =Kix Y2=Kzxz

In binary distillation, K is always less than 1.0 on all trays, and K, is always greater
than 1.0. When K; = K,, an azeotrope occurs and then separation by distillation is
impossible. Another useful concept is relative volatility or a(alpha). This is simply
K31/K, and its use has the advantage that it remains nearly constant over a rather wide
variation of temperature and pressure. For some binaries where the boiling points are
very close to each other, it is not a bad approximation to use the same value of a all
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the way from the top to the bottom of the column. But, more important, a is the best
single criterion of the difficulty of separation. Difference in boiling point is not always
a good indicator. For instance, if two materials boil close together, the relative volatility
will be much greater if the binary pair are low-boiling, compared to a high-boiling pair.
For instance, it is much easier to fractionate a pair boiling at 30°F and 40°F,
respectively, than it is to fractionate a pair at 320 °F and 330°F. The a for the first pair
is about 1.27 and for the second pair is about 1.10. It can be shown that the reflux ratio
is approximately inversely proportional to (a-1), thus the relative reflux rate for the
high-boiling pair will be nearly three times greater than for the low-boiling pair. For
hydrocarbons belonging to the same family, that is, the same general molecular

structure, the mixtures behave nearly ideally.

Then these relationships hold

K;= %’; a= %
Equilibrium Line Equations
(@) Y1=Kx
Kixy=1-y2

Kixg=1-Koxo
Kyx; =1-K5(1-x4)
Kix; =1-Ko+KoXy
Kixy—Kox; =1-K>

x;(K1—Kz)=1-K>

March 11, 1994 UoP
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o 1=K2)
i (K1—K3) |

(defines x and y as a function of temperature and pressure)
Y=k
(b) ¥1=Kix
Y2=Kaxz
Y1fy2 = (Ks/K2)(x1/x2) = oe(x1/x2)
Ya=1-y; Xo=1-X4
y1f(1-y1) = ax;[(1-x;)

R e T

= &
7 1+(e-T)x

(defines relationship between x and y if a is constant over the temperature
range)

(c) a=K;/K
Non-ideal Systems

Certain binary systems exhibit equilibrium phenomena wherein the equilibrium curve
- crosses the 45° line (the azeotropic composition). In such systems (e.g. ethanol-
water) where the two components are fully miscible over the entire composition range,
it is not possible to obtain two products of compositions which fall on opposite sides of
the azeotropic composition. In such systems (e.g. propane-water) where the two
components are only partially miscible, separation can be achieved provided two
fractionators are used connected via a common receiver. The receiver provides

March 11, 1994 uoP Page 11



mechanical separation of the two liquid phases and each can then be separately

stripped of the soluble impurity.

Figure 4

1.0 1.0
A

(-x) y
C
D

ideal and Non-ldeal Systems

10

A — ldeal (Symmetrical)

B — Non-ideal (Unsymmetrical)

C - Non-ldeal (Azeotrope)

D — Non-ldeal (Partially Miscible Mixtures)
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McCABE-THIELE DIAGRAM

introduction

Given feed rate and composition, product specifications and with pressure set to
condense the overhead product, the typical fractionation problem can be solved in two
ways:

For a reflux or boil up rate, find theoretical trays required (easiest approach,
often used for design).

For a fixed number of theoretical trays, find reflux or boil up rate required (more
difficult approach, used for design when a computer is available, necessary for
rating an existing column).

Since all relationships have been defined quantitively, an analytical solution is
possible. However, a graphical technique — The McCabe-Thiele diagram — can be a
useful tool for solving fractionation problems and also for understanding fractionation
parameter relationships.

As with any graphical method, any coordinate system can be chosen. Most problems
are solved with rectangular coordinates and, unless otherwise noted, this will be the
system described in the following discussion.

The material balance relationships are plotted (these are usually called operating
lines) along with the equilibrium relationship as mol fraction (0.0 to 1.0) y and x of the
light component. The 45° line is also automatically plotted.
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Below is a typical pilot.

Figure 5
1.0 7-
/% Upper Operating Line
Equilibrium Curve / < 45°Line
\ Lower Operating Line
y
0 0
1.0
*8 *F *D EDS-R00-0205

Binary distillation calculations are easy to do rapidly. Many systems in our business
actually are binaries or can be treated as such. Learning binary distillation and the
McCabe-Thiele diagram is one of the most profitable and productive of all of the
techniques we have. McCabe-Thiele diagrams are the most useful for fractionation
. problem analysis, for troubleshooting, for arguing the effect of various variables, for
setting up instrumentation of columns, for discussing instrumentation, and for such
deliberations as to whether you should raise the feed nozzle or lower it. The McCabe-
Thiele diagram is the only simple technique which shows clearly what the terms
*minimum reflux ratio” and "minimum trays" and "tray efficiency” mean. The McCabe-
Thiele diagram also shows, most clearly, the effect of "feeding on the wrong tray,” how
much benefit can be gained by increasing the reflux and what is gained by adding
trays. Also, it is excellent in studying azeotropes and other non-ideal systems.
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Equilibrium Curve

The equilibrium curve is a plot of y, against x;. At a given pressure for every value of
Xy, there is only one value for y, and the temperature is thereby fixed. Of course, this
follows Gibbs' phase rule. Each tray temperature is the bubble point of the liquid (or
dew point of the equilibrium vapor). The x-y curve is constructed using the following
steps:

Determine the pressure. This is dictated by the composition of the desired
distillate, available coolant temperature, and whether the distillate should be a
vapor or liquid. In binary distillation, the distillate is almost never taken off as a

vapor.

Find the temperature when K;=1.00. This will be very nearly the top
temperature of the column if the distillate is nearly pure.

Find the temperature where K, =1.00. This will be very nearly the bottom
temperature.

Make a column of temperatures lying between these two temperatures with
some conveniently chosen increment of temperature.

Make two columns of equilibrium constants (K; and K>) to correspond with the
column of temperatures.

Make column for x; calculate x using equation (a), page 11.
Make column for y; calculate y using equation (b), page 11.

On suitable graph paper, plot y against x. Of course the curve will terminate at
x =y at both ends going through (0,0) and (1,1).

In certain instances, a plot of the temperature (from step d) against x on the
same paper will prove useful when plate temperatures are required.

March 10, 1994 uoP Page 15



Example, for the Binary n-Butane — |-Pentane

For 140 °F reflux, 100 psia receiver:

Temp. K4 K, (1 5.52), =
°F nC, iCs o (Ky - K3) Kyx
*140 0.942 0.460
150 1.050 0.524 2.00 0.905 0.950
160 1.164 0.593 1.96 0.713 0.830
170 1.284 0.667 1.93 0.540 0.693
180 1.409 0.746 1.89 0.384 0.541
190 1.540 0.829 1.86 0.240 0.370
200 1.677 0.918 1.83 0.108 0.182
*210 1.820 1.011

*outside operating range as Ky < 1 orK; > 1
Operating Lines

After the equilibrium curve is plotted, it is necessary to plot, on the same paper, the
operating lines. First, it is convenient to draw the 459 line (x=y) from x;=0 to
x; =1. Then the feed and product purities at both ends are shown as verticals from the
45° line.

The equations for the operating lines are linear and hence will plot as straight lines on
rectangular coordinates. A straight line can be drawn with two points or one point and
a slope. Note that for the rectifying section operating line (equation (a), page 8), when
x"=xp, y™ 1= xp. Therefore, this line always passes through the coordinates xp, ¥p-

Similarly note that, for the feed q operating line {(equation (e}, page g), when x" = xg,
y™! = xg. Therefore, this line always passes through the coordinates xg, yr. Finally,
for the stripping section operating fine (equation (b), page 9), when x"=xg,
y™1=xg. Therefore, this line always passes through the coordinates xg, yp- The
simplest method for plotting these lines is to first draw a straight line with slope = L/V
through the point xp, ¥p; second, draw a straight line with slope = q/q—1 through the
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point xg, yF and third, draw a straight line through the point xg, yg and the point of
intersection of the first and second lines.

Physical Meaning of Points on McCabe-Thiele

~ At this point, it may be well to back up and briefly describe the process of separation of
two components to a high degree of purity by distillation to get an insight as to how it
works. When the feed is introduced into the column, the more volatile component will
be in somewhat higher concentration in the vapor from the feed tray. As the vapor
rises through the tray above the feed, the heavier component tends to condense first,
the vapor being contacted intimately with the colder internal reflux from above. This
enrichment is directly related to the relative volatility, a, and to the internal reflux ratio.
An equivalent amount of enrichment occurs successively on each tray as we proceed
in a similar manner up the column.

At each tray, if perfect mixing takes place, the vapor rising from that tray is at its dew
point, and the liquid leaving that tray is at its bubble point. For a perfect tray, a
horizontal plane A-B drawn through the vapor-liquid interface represents the x and y
values corresponding to a point on the equilibrium curve. A horizontal plane C-D
drawn through the space between the trays represents the x and y values
corresponding to a point on the operating line.

|
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Figure 6

Section A?

SectionCD

Feed Conditions

The line connecting the intersection of the operating lines and the intersectionof x=y

at x = xg is called the g-line in most texts. The equation foritis:
y™ =[afla-N}"-[1/(a-Nlxe

The value of q is characterized as follows:

if Feed Is: Then q is:
Superheated- Vapor <0

Saturated Vapor =0

Partly Vapor = Mol Fraction Liquid
Saturated Liquid =1

Subcooled Liquid >1
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Absorption and Stripping — Problem 2

D;

= Fi[#(S)]+Gi[1 - 1(4)]

S =KV/L

A,‘ - L/K,V

FractiohtStripped =f(S;)= (S,-’”“’ ~ S,-)(S}”” - 1)

Fraction Absorbed = f(A;) = (A{’” - A,-)(A}’*’ - 1)

R

Try
Mo/ | K® @ 150 psia LV=8-23 1 L action D;

Gi 120°F K; L/K;V | Absorbed | Overhead | Bottom
He 150 | 17270.000 115.133 0.045 0.045 143.2 6.8
) 20 3061.500 20.410 0.256 0.256 14.9 5.1
Gy 35 2223.300 14.822 0.353 0.353 22.7 12.3
C3 15 761.490 5.077 1.030 | o0.888 1.7 13.3
C 65 559.810 3.732 1.401 0.971 1.9 63.1
Cs 138 244.960 1.633 3.203 1.000 0.0 138.0
Cs 250 214.410 1.429 3.659 1.000 0.0 250.0
iCq 50 108.250 0.722 7.247 1.000 0.0 50.0
nCq 110 83.067 0.554 9.444 1.000 0.0 110.0
iCs 16 40.072 0.267 19.577 1.000 0.0 16.0
nCs 28 31.815 0.212 24.658 1.000 0.0 28.0
2MP 8 16.114 0.107 48.684 1.000 0.0 8.0
Total 885 184.4 700.6

Fraction D;

Fj Kir K; K;iV/L Stripped | Overhead | Bottom
Toluene | 750 2.6706 1.78 102 | 3.40 108 | 3.40 103 2.6 747.4
m=X 750 1.0309 6.87 103 | 1.31 103 | 1.31 1078 1.0 749.0
Total 1500 | 3.6 1496.4
Define (L/V) yerae = /D +(F ~D+G)/G/2 D=187.9

Calculated (L/V) average = 5.23 =assumed LV .. correct
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